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AbstractÐThis paper presents a study on the heat transfer in intermittent air±water ¯ows in an upward
inclined tube. The experimental technique is based on infrared thermography of an electrically heated
wall of the tube, providing both visualization of the temperature ®eld and measurements of the local
wall temperature. Local heat transfer coe�cients and ¯ow parameters have been measured for air±
water ¯ow in a pipe of 49.2 mm inner diameter at inclination angles of 28 and 58. The water and air
Froude numbers varied from 0.59 to 2.0 and from 0.03 to 0.57, respectively. Experimental correlations
of the heat transfer coe�cient indicate that the liquid and gas Froude numbers and dimensionless fre-
quency of bubble appearance are good correlating parameters. A simple physical model was developed
to correlate between the ¯ow parameters and the heat transfer. # 1998 Elsevier Science Ltd. All rights
reserved
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1 . INTRODUCTION

Gas±liquid two-phase ¯ow in inclined tubes is widely encountered in many important technical
applications: solar collectors, chemical plants, nuclear reactors, oil wells and pipelines, evapor-
ators, condensers, etc. A knowledge of the two-phase heat transfer coe�cient is very important
in safety considerations, since a slug or intermittent ¯ow is accompanied by oscillations in pipe
temperature which, in fact, may be more damaging than a high absolute temperature.

Many investigators have studied the hydrodynamics of two-phase ¯ow and attempted to de-
®ne the boundaries between various ¯ow regimes. Some of the available ¯ow pattern data are
for an inclined tube. Zukoski (1966) investigated experimentally the in¯uence of the viscosity
and surface tension on bubble velocity for di�erent tube inclination angles. In particular, the
combined e�ects of surface tension and inclination angle were demonstrated. Data obtained by
Barnea et al. (1980) for ¯ow patterns in tubes with inclination in the range from ÿ108 to 108
show a dramatic change of the ¯ow pattern at inclination angle of 0.258. The e�ect of the small
upward inclination angles was systematically investigated by conducting a series of air±water
tests at upward inclination angles of 1/2, 2 and 78 (Weisman and Kang 1981).

Heat transfer in inclined tubes is of major importance for some practical applications. Solar
thermal electricity is one of the most extensively employed ways of using renewable energies in
the world. The state-of-the-art of Solar Thermal Power Plants is marked by more than
2.5 million square meters of parabolic-trough collectors installed in the nine plants currently in
operation in California. The plants use oil as the heat transfer ¯uid between the solar ®eld and
the power block connected to the external grid. This thermal ¯uid has to be at 4008C, to achieve
high thermal e�ciency of the steam power cycle. Only synthetic oils are available for this pur-
pose, and these oils are expensive and dangerous. A program was started to replace the thermal
oil by water, which is directly heated and evaporated in the tubes of parabolic-trough solar col-
lectors, producing steam at temperatures of above 4008C and pressures of around 100 bar. This
is the so-called Direct Steam Generation (DSG) Technology.

The available scienti®c knowledge on two-phase ¯ow phenomena and ¯ow stability in DSG
technology does not cover the ranges of geometrical and operational parameters valid for
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advanced parabolic-trough solar ®elds. In contrast to conventional evaporators, the process
inside the absorber pipe is characterized by

. slightly upward inclined two-phase ¯ow;

. large pipe diameters (typically05 cm) and low ¯ow velocities;

. non-uniform and transient heat ¯ux to the pipe wall.

Due to low ¯ow velocities and due to the inclination of the pipe, evaporation occurs in the
intermittent ¯ow regime. Strati®ed ¯ow may cause strongly non-uniform cooling and bending of
the pipes. It is known from theory (Barnea and Taitel 1986) and experimental investigations
(Muller 1993) that for given inlet conditions, diameter, inclination and heat ¯ux, a minimum
mass ¯ow rate is required to avoid strati®ed ¯ow.

A few experimental studies on ¯ow boiling in inclined tubes are found in the literature.
Bogdanov (1955) used water ¯owing in a tube (D = 20 mm) inclined at 458, Gilli (1963) used
tubes with D= 15 mm and 23 mm at 158 inclination, Krishna and Rao (1985) found that in
bubbly or intermittent ¯ow the heat transfer coe�cient passed through a minimum with increas-
ing angle of inclination. One can see that in these studies pipe diameters were small; thus, the
results cannot be applied to the DSG technology.

The studies on tubes of larger diameters are usually restricted to the adiabatic case. Only few
studies of the application of adiabatic correlations to non-adiabatic water/steam ¯ows in slightly
inclined pipes were reported before the experimental investigations by Muller (1995) and Creutz
(1994), Creutz et al. (1995).

Heat transfer to non-boiling two-phase ¯ows is also widely used in industrial processes. In
non-boiling systems, the enhancement of convective heat transfer by injecting a gas-phase in
con®ned liquid ¯ows in vertical tubes has been observed. The experimental data from
Dorresteijn (1970) show that the heat transfer coe�cients increase with increasing ¯ow vel-
ocities. Elamvaluthi and Srinivas (1984) performed an experimental investigation of two-phase
two-component vertical ¯ows in pipes. The heat transfer in inclined tubes received compara-
tively little attention from researchers.

The aim of the present work is to investigate the parameters of an air±water ¯ow and heat
transfer mechanism in inclined tubes of relatively large diameters, and to explain the experimen-
tal ®ndings by an adequate theoretical model. The experiments in a non-boiling ¯ow allow us to
observe wavy structures, and to measure wave velocity and frequency. The expected detailed
knowledge will refer to bubble length, height, frequency and velocity, depending on ¯ow rates
and pipe inclination. On this basis, the local heat transfer into the pipe will be studied, depend-
ing on the ¯ow pattern and pipe inclination. Knowledge of the local heat transfer coe�cient
and its dependence on the actual ¯ow pattern should yield a better understanding of the coup-
ling between the heat transfer and two-phase ¯ow.

2. EXPERIMENTAL CONDITIONS

The experimental data were collected for the single-phase water and two-phase air±water heat
transfer, and for the bubble motion parameters. Experiments were performed for the inclination
angles b= 2.08 and 5.08, and for various water and air super®cial velocities in an elongated
bubble with dispersed bubble ¯ow regime. The experiments were carried out in the range of gas
super®cial velocities 0.02RUGSR0.39 m/s and water super®cial velocities 0.40RULSR1.4 m/s.
The Froude number range was 0.03RFrGR0.57, 0.59RFrLR2.0, where FrG=UGS/(gD)0.5,
FrL=ULS/(gD)0.5, g is the acceleration due to gravity.

The experimental technique used in all the experiments was the same as that for the study of
heat transfer phenomena in a horizontal tube. In all cases the uncertainty of reported data does
not di�er from that calculated from experiments in the horizontal tube. The experimental con-
ditions are given in table 1.

In ®gure 1, our data for an inclination of +58 are plotted in the ¯ow pattern map given by
Taitel and Dukler (1976). According to this map, the intermittent regime may be divided into
three subregions denoted as elongated bubble (EB), characterized by a laminar ¯ow in the liquid
slug and long transient bubble trails; elongated bubble with dispersed bubble (EB + DB),
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characterized by the onset of a turbulent ¯ow in the liquid and subsequent appearance of dis-
persed bubbles in the liquid; and ®nally, slug ¯ow (SL), the region in which the gas fraction in
the liquid slug exceeds 10%.

As shown in ®gure 1, experiments were carried out in EB + DB regime. The ¯ow pattern is
similar to that in a horizontal tube, but the dispersed bubbles are much smaller. The mechanism
of heat transfer is quite di�erent for horizontal and inclined tubes, and we will give a framework
for an analysis of the e�ect of the ¯uid motion on the heat transfer in these two cases.

3 . PHYSICAL MODEL OF HEAT TRANSFER ON THE UPPER PART OF THE

TUBE SURFACE

Two-phase bubble ¯ow is commonly de®ned as a ¯ow in which gas-phase is distributed within
liquid continuum. In order to predict the heat transfer in horizontal and inclined pipes, it is im-
portant to elucidate the turbulent structure of the continuous liquid-phase. Knowing this struc-
ture, one can address the contribution of bubbles to the ¯ow characteristics. As a ®rst step
toward the understanding of the local heat transfer mechanisms, we propose to subdivide the
heat transfer phenomenon in the intermittent ¯ow into two components: one due to the liquid
turbulence, and the other due to e�ects caused by the bubble motion.

For horizontal and inclined pipes an elongated gas bubble is in the upper part of the pipe.
Intermittent ¯ow consists of liquid slugs and gas bubbles which are usually greater in length
than one pipe diameter. The liquid may or may not contain dispersed bubbles, depending on

Table 1. Experimental conditions

Inclination angle b (deg) Super®cial liquid velocity ULS (m/s) Super®cial gas velocity UGS (m/s)

2.0 0.40 0.020, 0.13
0.82 0.056, 0.23
1.40 0.090, 0.39

5.0 0.40 0.020, 0.056, 0.090, 0.13, 0.17, 0.23, 0.31
0.82 0.39
1.40

Figure 1. Flow regime map at inclination angle b= 58: DB, dispersed bubble ¯ow; EB, elongated
bubble ¯ow; SL, slug ¯ow ± w, ULS=0.4 m/s; q, ULS=0.82 m/s; r, ULS=1.4 m/s.
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the gas and liquid ¯ow rates and turbulence level in the slug. In the case of air±water intermit-

tent ¯ow, the average two-phase heat transfer coe�cient a on the upper part of the tube will

depend on the air-phase heat transfer coe�cient ab, water-phase heat transfer coe�cient as, heat
transfer coe�cient of mixture zone am, and the time periods Dts, Dtb, Dtm it takes for the air-

phase, water-phase and mixture zone, respectively to pass a ®xed point.

Our analysis concerns the elongated bubble with dispersed bubble regime. An elongated

bubble is usually streamlined with a nose and a tail. The tail of the bubble sometimes breaks o�

from the main body of the bubble and is picked up by the next bubble. As the gas velocity

increases, dispersed bubbles start to appear at the leading edge of the slug. The appearance of

dispersed bubbles in the slug is associated with the mixing zone.

The time-average air±water two-phase heat transfer coe�cient on the upper part of the tube

may be written in the following way:

ay � 1

t
�asDts � abDtb � amDtm� �1�

where t = Dts+Dtb+Dtm represents the total time for water-phase and air-phase to pass the

®xed point.

If the air ¯ow rate is low, the mixture zone is not signi®cant, and [1] can be written as

ay � 1

t
�asDts � abDtb�: �2�

If Li is the bubble length, then Dtb is given by

Dtb � 1

ub

XN
i�1

Li �3�

where N is the number of bubbles passing a ®xed point during the time period t. Relation [3]

assumes that ub is independent of L. The validity of this assumption will be shown below.

Table 2. Heat transfer coe�cient at the top of the tube

Super®cial liquid
velocity ULS (m/s)

Super®cial gas
velocity UGS (m/s)

Clear water a
(W/m2 K)

Air±water ¯ow

b= 28 b= 58 b = 28 b = 58
ay = 0 ay = 0 ay = 0/a ay = 0/a

0.40 0.020 2800 2800 3000 1.00 1.07
0.056 3200 1.14
0.090 3200 1.14
0.13 2850 3400 1.02 1.21
0.17 3600 1.28
0.23 3600 1.27
0.31 3350 1.20
0.39 3300 1.18

0.82 0.020 4600 4900 1.07
0.056 4900 5150 1.07 1.12
0.090 5250 1.14
0.13 5380 1.17
0.17 5240 1.14
0.23 5300 5600 1.15 1.22
0.31 5450 1.18
0.39 5650 1.23

1.40 0.020 7000 7400 1.06
0.056 7400 1.06
0.090 6790 7200 0.97 1.03
0.13 7800 1.11
0.17 8200 1.17
0.23 8050 1.15
0.31 8000 1.14
0.39 8200 8100 1.17 1.16
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De®ne the bubble average length L and the frequency of bubble appearance f as

L � 1

N

XN
i�1

Li, f � 1

t
N: �4�

From [3) and (4] we obtain:

Dtb
t
� fL

ub
: �5�

Using [5] in a dimensionless form, [2] can be expressed as

ay
a
� as

a

�
1ÿ fL

ub

�
� ab

a
fL

ub
�6�

where a is the heat transfer coe�cient for the liquid single-phase, fL/ub is the ratio of the time
for air bubbles to pass the ®xed point to the total time for air- and water-phases, and (1ÿ fL/
ub) is the ratio of the time for water slugs to pass the ®xed point to the total time.

It should be noted that the water-phase heat transfer coe�cient as may be di�erent from a.
The water slugs may contain many dispersed bubbles which will increase the water-phase turbu-
lence level and convection heat transfer coe�cient. So-called bubble-induced turbulence may
take place in inclined tubes. Therefore, the two-phase heat transfer coe�cient depends on air
and water physical parameters, and on the interaction between the air- and water-phases.

[6] re¯ects the relationship between two-phase heat transfer and hydrodynamics. Hence, in the
study of the two-phase heat transfer, it is necessary to determine not only the heat transfer coef-
®cient, but also the bubble motion parameters.

4 . EXPERIMENTAL RESULTS

In this section, the in¯uence of inclination angle and air and water Froude numbers on
bubble size, bubble motion and two-phase heat transfer will be discussed. The experimental data
collected are related to the two following groups:

Figure 2. Bubble length distribution at inclination angle b= 28 and FrL=0.59: (a) FrG=0.03; (b)
FrG=0.19.
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1. bubble geometry parameters and bubble motion;
2. heat transfer on the upper and lower surfaces of the pipe.

4.1. Bubble geometry parameters

4.1.1. Bubble length distribution. Typical dimensionless bubble length spectra for various pipe
inclinations, and for various air and water Froude numbers, are presented in ®gures 2(a,b) and
3(a,b). It can be seen that the bubble length distribution depends on the inclination angle and
the air and water Froude numbers. For smaller air and water Froude numbers, the range of
bubble length distribution is narrow, i.e. bubbles are uniform in length. With increase in the air
Froude number at a constant water ¯ow rate, the range of bubble length distribution becomes
wider and the bubbles become longer. Generally, an increase in the air Froude number at a con-
stant water Froude number leads to an increase in the bubble size, especially at low water

Figure 3. Bubble length distribution at inclination angle b= 58 and FrL=0.59: (a) FrG=0.03; (b)
FrG=0.19.

Figure 4. Average dimensionless bubble length: b= 58 ± w, FrL=0.59; q, FrL=1.2; r, FrL=2.0;
b = 28 ± ., FrL=0.59; Q, FrL=1.2; R, FrL=2.0.
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Froude numbers. With inclination angle decreasing from 58 to 28, the range of bubble length
distribution becomes wider and the bubbles become longer.
4.1.2. Average dimensionless bubble length and height. From the bubble length distribution, the

average dimensionless bubble length �L � L=D can be calculated. For various water and air
Froude numbers, it is shown in ®gure 4. For both inclination angles, b= 28 and 58, the average
dimensionless bubble length increases when the air Froude number increases at the same water
Froude number. Conversely, the bubbles become shorter with water Froude number increasing
at the same air Froude number.

Similarly, the average dimensionless bubble height H/D can be calculated from the bubble
height distribution.

The e�ect of water and air Froude numbers on the average dimensionless bubble height is
shown in ®gure 5. For the inclination angles b= 28 and 58, the bubble height increases substan-
tially in the range 0 < FrG<0.2, and then remains approximately constant.

4.2. Bubble motion

4.2.1. Bubble velocity. The in¯uence of water and air Froude numbers on the dimensionless
bubble velocity ub=

�������
gD
p

is shown in ®gure 6. For the inclination angles b = 28 and 58, the
bubble velocity increases with an increase in either water or air Froude number.

Figure 5. Average dimensionless bubble height: b= 58 ± w, FrL=0.59; q, FrL=1.2; r, FrL=2.0;
b = 28 ± ., FrL=0.59; Q, FrL=1.2; R, FrL=2.0.

Figure 6. Average dimensionless bubble velocity: b = 58 ± w, FrL=0.59; q, FrL=1.2; r, FrL=2.0;
b = 28 ± ., FrL=0.59; Q, FrL=1.2; R, FrL=2.0.
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For b = 58, the e�ect of bubble length on bubble velocity, at two di�erent combinations of
liquid and gas Froude numbers, is shown in ®gure 7(a,b). One can see that ub is independent of
L, as was assumed earlier. In ®gure 8(a,b) we plotted ub=

�������
gD
p

vs. the gas Froude number for
two di�erent values of the liquid Froude numbers. There is good agreement with the result of
Singh and Gri�th (1970), shown by a straight line.
4.2.2. Frequency of bubble appearance. Figure 9 shows the frequency of bubble appearance vs.

the air Froude number for b= 28 and 58. When the air Froude number is large enough, the
bubbles become long and their number decreases, though the bubble velocity increases.

The e�ect of the water Froude number on the frequency of bubble appearance can also be
seen from ®gure 9. For b= 28 and 58 at the same air ¯ow rates, the frequency of bubble
appearance increases with the water Froude number. This frequency also increases when the in-
clination angle increases from 28 to 58, at the same water and air Froude numbers.

In ®gure 10, the dimensionless parameter fL/ub is plotted vs. the air Froude number. For
both b= 28 and 58, fL/ub increases with increasing air Froude number at the same water
Froude number. However, it should be noted that for FrL=1.2 the experimental value of fL/ub
at FrG=0.33 is higher than its values at FrG>0.33.

4.3. Heat transfer on the upper surface

The main objective of this study is to determine the variation of the heat transfer coe�cient
from the heated wall to the ¯uid, and to study the e�ect of air and water ¯ow rates and incli-

Figure 7. E�ect of bubble length on bubble velocity, b= 58: (a) FrL=0.59, FrG=0.08; (b) FrL=1.2,
FrG=0.13.
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nation angle on the heat transfer coe�cient. The two-phase test series was performed at the
range of heat ¯ux q from 27 to 53 kW/m2. Every test was repeated to check the results.
The main part of the results presented below is related to heat transfer at inclination angle of

58. We also present some results for b = 28.
4.3.1. Heat transfer coe�cient ¯uctuation on the top of the tube. Typical heat transfer coe�-

cient ¯uctuation on the upper part of the tube is presented in ®gure 11(a) for the clear water,
and in ®gure 11(b) for the air±water mixture at the same super®cial liquid velocity (FrL=0.59,
FrG=0.45).

Figure 11(a) shows variation of the heat transfer coe�cient in the turbulent ¯ow of water in a
pipe. This variation re¯ects the time-dependent character of the ¯uctuating features of the ¯ow.
The mean value of the coe�cient in this case is 28002150 W/m2 K. The deviation from the

Figure 8. Comparison of the experimental data for (a) FrL=0.59, (b) FrL=1.2 and calculations of
Singh and Gri�th (1970, straight line) for bubble velocity at inclination angle b = 58.
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mean value in this case does not exceed 6%, which is within the limits of accuracy of the present
work.

For the air±water ¯ow, the heat transfer coe�cient increases to 33502300 W/m2 K. In this
case, the deviation from the mean value is about 9%. One can note, however, that the maxi-
mum deviation reaches2650 W/m2 K, i.e. about 19%. Such behaviour of the heat transfer coef-
®cient re¯ects the essence of the intermittent ¯ow, which by its nature is non-stationary. In their
extensive study, Shoham et al. (1982) also observed ¯uctuations in wall temperature and heat
transfer rate with time. The presence of waves induces ¯ow disturbances. These disturbances
will grow or decay with time, leading to ¯uctuations of wave height, ¯uid pressure, and tem-
perature. Figure 11(b) does not make it possible to determine the frequency of temperature ¯uc-
tuations. For this purpose, a special method should be developed, as was done by Lin and
Hanratty (1987) for pressure ¯uctuation measurements.

Increase in the air Froude number, at a constant water Froude number, enhances the heat
transfer coe�cient ¯uctuation, especially at low water ¯ow rates. This phenomenon may be
explained as follows: in an air±water slug system, there is not a continuous-phase on the upper
part of the tube, and there exists a large di�erence between the air-phase heat transfer coe�cient
and the water-phase one. Thus, the heat transfer coe�cient increases when a water slug passes
the measuring point, and decreases when an air bubble passes the measuring point.

Figure 9. Frequency of bubble appearance: b= 58 ± w, FrL=0.59; q, FrL=1.2; r, FrL=2.0; b = 28 ±
., FrL=0.59; Q, FrL=1.2; R, FrL=2.0.

Figure 10. Dependence of fL/ub on gas Froude number: b= 58 ± w, FrL=0.59; q, FrL=1.2; r,
FrL=2.0; b= 28 ± ., FrL=0.59; Q, FrL=1.2; R, FrL=2.0.
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4.3.2. Time-average dimensionless heat transfer coe�cient on the top of the tube, Table 2. The
dimensionless average heat transfer coe�cient is de®ned as

ay�0
a
� 1

at

�t
0

ay�0 dt �7�

where a is the heat transfer coe�cient for single-water-phase, and t = 300 s in the present
study.

A plot of the time-average dimensionless heat transfer coe�cient ay = 0/a vs. the gas Froude
number is given in ®gure 12. All experimental data may be described by a single curve. This
curve shows a small increase in the dimensionless heat transfer coe�cient at the range of gas
Froude numbers FrGR0.3; then ay = 0/a tends to a constant value of about 1.2. The scale of the
eddies generated by bubbles depends on bubble size and velocity. An increase in bubble velocity
enhances the disturbance in the bubble wake, which acts as a turbulence promoter.

Figure 11. Heat transfer coe�cient ¯uctuation on the top of the tube, FrL=0.59: (a) single phase; (b)
FrG=0.45.

Figure 12. Time-average dimensionless heat transfer coe�cient on the top of the tube: b= 58 ± w,
FrL=0.59; q, FrL=1.2; r, FrL=2.0; b = 28 ± ., FrL=0.59; Q, FrL=1.2; R, FrL=2.0.
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The time-average heat transfer coe�cient is obtained, with a standard deviation of28%, as:

ay�0
a
� 1� 0:6FrG @ 0RFrGR0:3 �8�

ay�0
a
� 1:2 @ 0:3RFrGR0:57: �9�

4.3.3. Phase discrimination and local heat transfer. When measurements of wall temperature, as

well as other techniques, are used to study a two-phase ¯ow, the ®rst important problem is to

identify the phases. If these phases are separated (like in a ¯ow with elongated bubbles in a hori-

zontal tube), the problem becomes relatively simple. But it is di�cult to handle the phase identi-

®cation in inclined tubes, since the heat transfer coe�cients for gas and liquid are rather similar.

In order to solve this problem, many sets of successive temperature ®elds were studied. Figure

13(a) illustrates a typical temperature ®eld on the heated wall when a bubble passes on the

upper part. Figure 13(b) shows the temperature distribution when the liquid-phase passes. The

IR radiometer was located 0.8 m above the pipe, and was able to detect temperature changes on

the upper side of the heated surface. The ¯ow is from the right to the left, the dimensions are in

millimetres, and the colour shades re¯ect the wall temperature (the red colour corresponds to a

higher temperature, the blue one corresponds to a lower temperature). Interesting quantitative

features may be observed in ®gure 13(a,b): when the heating surface is covered with a bubble,

the wall temperature decreases (i.e. the colour changes from red to green) if the dimensionless

angle y = 2j/p increases from 0 to 0.17, where j is the angle from the top of the tube.

When the heating surface is in contact with the liquid, the opposite tendency is observed: the

wall temperature increases in the range yR0.17. If y>0.17, the wall temperature is almost inde-

pendent of y. The bubble length is much larger than the ®eld of view. Figure 13(a,b) shows the

instantaneous temperature distributions. One can see that the instantaneous temperature ®eld is

not uniform, which re¯ects the nature of the intermittent ¯ow. Further analysis of the tempera-

ture ®eld and measurements of circumferential temperature distribution at 0.17RyR0.8 show

that the wall temperature does not change within this range.

For each angle y the time-average heat transfer coe�cient for the liquid- and gas-phases was

calculated as:

as � 1

Dts

�Dts
0

as dt �10�

ab � 1

Dtb

�Dtb
0

ab dt: �11�

The instantaneous values of ab and as were calculated from the data provided by the IR radio-

meter in the line mode. Along the same circumferential line, the values of wall temperature at

di�erent y were obtained. For a given y, we assume that when the wall temperature retains for

some time its almost constant minimum value, there is a water slug over the line, and as can be

determined. From the instant the temperature begins to increase, and till the moment it returns

to the minimum value, there is a bubble over the line, and the data is used to determine ab.
For a bubble or liquid moving along the heating surface, the characteristic times can be

de®ned from [5) and (6].

Figure 14 shows the time-average dimensionless heat transfer coe�cient vs. the angle y for

the case when liquid (white points) or bubble (black points) are in contact with the heating sur-

face. The data for the liquid Froude number FrL=0.59 and gas Froude number FrG=0.45 are

presented. This case corresponds to a maximum value of the temperature ¯uctuation [see

®gure 11(a,b)]. There is a signi®cant di�erence between the dimensionless heat transfer coe�-

cients for liquid- and gas-phases, but each of these does not change more than 10% within the

angle 0 < yR0.8.
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Figure 13. Temperature ®eld on the heated wall (window boundaries are given by - - -), FrL=0.59,
FrG=0.19: (a) the bubble passes the upper part of the pipe; (b) the liquid passes the upper part of the

pipe.

AIR±WATER FLOWSÐUPWARD INCLINED TUBE 201



4.3.4. Heat transfer along the tube. The dimensionless length of the heating section is L/
D = 3.6. Therefore, the question arises as to whether this a�ects the results of heat transfer. In
order to provide an answer, the heat transfer coe�cients on top of the tube were obtained at
di�erent locations along the tube. The measurements were carried out at an angle of inclination
of 28. The distances from the entrance of the heating section to the measuring points were x/
D = 0.4, 0.9, 1.8 and 2.4. For each ¯ow condition, the measurements were repeated at least
three times. In the single-phase water ¯ow the measurements were carried out for the average
water velocities UL1=0.40 and UL2=0.82 m/s. The heat transfer coe�cients a0, obtained in
these experiments, agree with calculations carried out using the k±e model. Then, the results
were compared with the heat transfer coe�cient ay in the air±water ¯ow. The experiments in the
two-phase ¯ow were carried out at the same water ¯ow rates, i.e. with the super®cial liquid vel-
ocities UL=0.40 m/s (FrL=0.59) and UL=0.82 m/s (FrL=1.2). Figure 15(a) shows the ratio of
ay = 0/a vs. x/D at FrL=0.59 and the gas Froude numbers FrG=0.03 and FrG=0.19. Figure
15(b) shows ay = 0/a vs. x/D at FrL=1.2 and FrG=0.08 and FrG=0.33. Although both a0 and
ay = 0 decrease when x/D increases, the ratio ay = 0/a does not depend on x/D. For this reason,
all results of heat transfer in our study are presented as a ratio of the heat transfer coe�cient in
a two-phase ¯ow to the one in a liquid-phase ¯ow.

4.4. Heat transfer on the lower part of the tube

When the angle �y > 0:8, only the liquid-phase was observed on the lower part of the tube.
Although this type of ¯ow is signi®cantly simpler than the two-phase ¯ow, analytical models for
the heat transfer, from a wall of an inclined tube to the water, do not exist. It may be expected
that the treatment presented above for a bubble ¯ow is also applicable for a single-phase ¯ow,
i.e. an additional turbulent heat ¯ux is assumed to be subdivided into two components, one due
to the inherent liquid turbulence and the other caused by bubble motion. Typical thermal pat-
terns on the wall are shown in ®gure 16(a,b). The pictures were taken by the IR camera placed
under the pipe. In ®gure 16(a) the ¯ow is a single-phase one, from the right to the left, and the
liquid velocity is UL=0.40 m/s. The temperature ®eld, visualized by the IR radiometer, indicates
a streaky pattern that consists of high-temperature streaks (red colour) and low temperature
streaks (green colour). Figure 16(b) shows the thermal pattern in air±water ¯ow at liquid vel-
ocity ULS=0.40 m/s (FrL=0.59), and gas Froude number FrG=0.33. This ®gure is quite di�er-
ent from the previous one and con®rms the new nature of the ¯ow pattern. The increase in the
heat transfer coe�cient is associated with turbulence caused by bubble motion. Under these

Figure 14. Dimensionless time-average local heat transfer coe�cients, FrL=0.59, FrG=0.45: q, liquid
phase; Q, gas phase.
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conditions, the relative time- and space-average heat transfer coe�cient

�ay � 1

y2 ÿ y1

�y2
y1
ay dy

increases as

�ay=a � �1� fL=ub�0:5 �12�
in the range 0.8RyR2.0, 0.03RFrGR0.57, 0.59RFrLR2.0. This relation describes the data
with a standard deviation of 9%.

5. DISCUSSION

5.1. Flow patterns in horizontal and inclined tubes

The experimental data for heat transfer in air±water ¯ow have usually been correlated accord-
ing to the hypothesis that the heat transfer depends on the gas and liquid velocities and proper-
ties. Furthermore, the heat transfer coe�cient depends strongly on the conditions of heating:
phase-change e�ects, mass transfer, compressibility, etc. The heat transfer coe�cient in the gas±
liquid ¯ow may be correlated by the following methods:

1. analogy between heat transfer and momentum transfer (Hughmark 1965);
2. interrelation between the heat transfer coe�cient in a two-phase ¯ow and that in a liquid

single-phase ¯ow (Bar-Cohen et al. 1987);

Figure 15. Dimensionless heat transfer coe�cient along the top of the pipe (b = 28): (a) FrL=0.59; w,
FrG=0.03; ., FrG=0.19; (b) FrL=1.2; w, FrG=0.08; ., FrG=0.33.
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Figure 16. Thermal pattern on the lower part of the pipe (window boundaries are given by - - -),
FrL=0.59: (a) FrG=0.0; (b) FrG=0.33.
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3. direct correlation as a function of liquid properties, ¯uid velocities and other operating con-

ditions (Kago et al. 1986).

All these methods assumed a homogeneous air±water ¯ow and cannot be applied to an inter-

mittent ¯ow. In order to clarify the e�ect of surface orientation on the heat transfer in an inter-

mittent air±water two-phase ¯ow, we consider at ®rst the e�ect of inclination angle on such

parameters as bubble length, height, and frequency.

Figure 17 shows a comparison of ay = 0 for horizontal and inclined tubes. The plot of the

heat transfer coe�cient vs. the gas Froude number shows that in an inclined tube the heat trans-

fer coe�cient is much higher, compared with that for a horizontal tube. The e�ect of surface

orientation may be explained if the heat transfer is related to the ¯ow pattern. We believe that

the parameter fL/ub re¯ects the approximate relation between ¯ow regimes in horizontal and

inclined tubes and the heat transfer mechanism. A typical behaviour of fL/ub in horizontal and

inclined tubes (b= 58) is shown in ®gure 18, where its values are plotted vs. the air Froude

number, FrG, at a constant value of the water Froude number, FrL=1.2.

All the data for horizontal and inclined tubes is summarized in table 3. It can be seen that the

magnitude of fL/ub for all ¯ow regimes studied in a horizontal tube is much larger than that in

an inclined tube. Since this parameter re¯ects the ratio of the time occupied by air to the total

residence time of a two-phase mixture on the heated wall, the heat transfer in a horizontal tube

is, generally, drastically reduced compared to that in an inclined tube. This phenomenon has

been studied in detail and the results are considered below.

Figure 19 indicates that for an inclined tube the average bubble length is smaller than that in

a horizontal tube. The appearance and motion of large elongated bubbles lead to a decrease in

the heat transfer coe�cient.

In an inclined tube, both the bubble velocity and height have magnitudes signi®cantly higher

than those in a horizontal tube. This can be shown by comparison between the data for inclined

and horizontal tubes presented in ®gures 20 and 21. The dimensionless bubble velocity and

height have been plotted vs. the air Froude number, at FrL=1.2. As a consequence, the heat

Figure 17. Heat transfer coe�cients at the top of horizontal and inclined tubes: Horizontal - w,
FrL=0.59; q, FrL=1.2; r, FrL=2.0; Inclined with b= 58 ± ., FrL=0.59; Q, FrL=1.2; R, FrL=2.0.
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transfer coe�cient becomes large when bubble velocity and height increase. We believe that the
bubble motion parameters should receive considerable attention because of their fundamental
importance for the intermittent ¯ow pattern. The front of the bubble disturbs the liquid; the tail
produces vortex motion. This phenomenon is di�erent for the ¯ow in horizontal and inclined
tubes, and its e�ect on the heat transfer depends on the gas Froude number.

Figure 18. Dependence of fL/ub on gas Froude number for the horizontal and inclined tube, FrL=1.2;
q, horizontal tube; Q, inclined tube (b= 58).

Table 3. Flow parameter fL/ub for horizontal and inclined tubes

Flow in the horizontal tube Flow in the inclined tube, b= 58

Liquid Froude
number

Gas Froude
number

Flow parameter Liquid Froude
number

Gas Froude
number

Flow parameter

FrL FrG fL/ub FrL FrG fL/ub

0.90 0.03 0.78 0.59 0.03 0.15
0.07 0.82 0.08 0.31
0.13 0.93 0.13 0.36
0.32 0.88 0.19 0.47
0.43 0.74 0.25 0.48

0.33 0.46
0.45 0.52
0.57 0.60

1.3 0.03 0.76 1.2 0.03 0.16
0.07 0.84 0.08 0.25
0.13 0.88 0.13 0.32
0.32 0.85 0.19 0.41
0.43 0.76 0.25 0.44

0.33 0.54
0.45 0.51
0.57 0.53

2.0 0.03 0.88 2.0
0.07 0.86
0.13 0.95 0.13 0.31
0.32 0.91 0.19 0.31
0.43 0.84 0.25 0.36

0.33 0.42
0.45 0.49
0.57 0.53
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Data in the literature, on the local heat transfer around the circumference of a pipe with a
two-phase intermittent non-adiabatic ¯ow, describe horizontal pipes only. The main concern is
determination of the wall dryout. Di�erent types of dryout may occur, depending on gas and
liquid super®cial velocities. At the low gas and liquid super®cial velocities, strati®ed ¯ow dryout
yields high temperature di�erences between the top and bottom of the pipe. As the liquid vel-
ocity increases, the wall temperature is determined by a so-called intermittent ¯ow dryout.
Crowe and Gri�th (1993) showed that waves and slugs cool down the top of the pipe. In the
present study, such characteristics as the liquid Froude number and ¯ow parameter fL/ub have
been found to a�ect the dryout and local heat transfer in the horizontal pipe.

The poor heat transfer may be avoided if the tube is slightly inclined. In this case, an increase
in gas velocity may lead to the transition region. The latter exists where a liquid ®lm at the top
of the pipe is gradually built up. In the present study, visual observations through the glass pipe
enabled us to distinguish di�erent ¯ow details, but we did not observe this phenomenon.

In the inclined air±water ¯ow, bubbles present a ¯uctuating motion which is partly related to
the random motion of the continuous-phase. This `turbulent' motion is responsible for the dis-
persion of small bubbles, and thus presents one of the basic mechanisms which control the heat
transfer on the upper part of the tube.

Figure 19. Dependence of dimensionless bubble length on gas Froude number for horizontal and
inclined tube, FrL=1.2; q, horizontal tube; Q, inclined tube (b = 58).

Figure 20. Dependence of dimensionless bubble height on gas Froude number for horizontal and
inclined tube, FrL=1.2; q, horizontal tube; Q, inclined tube (b = 58).
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5.2. Heat transfer in horizontal and inclined tubes at low gas Froude number

One of the surprising features of the heat transfer for horizontal and inclined tubes is the
behaviour of the dimensionless heat transfer coe�cient at 0RyR0.17 and low gas Froude num-
bers. In the range 0.03RFrG<0.14, the parameter fL/ub increases both in horizontal and
inclined tubes. However, under these conditions the heat transfer coe�cient in a horizontal tube
decreases, in contrast to the coe�cient in an inclined tube. Thus, the dependence of the heat
transfer coe�cient on fL/ub is rather di�erent for horizontal and inclined tubes, and is discussed
below.

Consider [6] for a ¯ow in a horizontal tube. In this case the heat transfer mechanism is
characterized by an intermittent appearance of elongated bubbles that move slowly along the
top of the pipe. Assuming that the air-phase heat transfer coe�cient is much smaller than that
for the liquid-phase, [6] can be written as follows:

ay
a
� as

a

�
1ÿ fL

ub

�
: �13�

According to [13], in a horizontal tube, the heat transfer coe�cient decreases when fL/ub
increases. For an inclined tube the heat transfer coe�cient is mainly controlled by the stirring
action of bubbles.

The turbulent dispersion plays an important role in increasing the heat transfer. The exper-
iments carried out in the present study show that this e�ect is more pronounced at low gas and
liquid Froude numbers.

In the single-phase ¯ow along the heated wall, thermal streaks were observed. When the air±
water mixture ¯ows along the inclined heated surface at low air Froude numbers, an increase in
FrG leads to an increase in the heat transfer coe�cient on the upper part of the heated surface.

The presence of gas-phase introduces permanent perturbations into the liquid ¯ow. This may
result in the development of the bubble-induced turbulent structures. Karabelas and Hanratty
(1968) showed that at the super®cial liquid velocities of ULS>0.15, the ratio of the wall shear

Figure 21. Dependence of dimensionless bubble velocity on gas Froude number for horizontal and
inclined tube, FrL=1.4; q, horizontal tube; Q, inclined tube (b = 58).
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stress with the bubbles to the nominal value, twb/tw, is larger than unity. The slope of the vel-
ocity pro®le becomes smaller than that predicted by the law of the wall for a single-phase liquid.
This conclusion is supported by the recent study of Kashinsky and Timkin (1997). Since the
heat transfer coe�cient is connected to the shear stress, it should increase. Thus, the enhance-
ment of the heat transfer may be related to the bubble-induced turbulence.

The bubble-induced turbulence phenomenon was also found by Liu and Banko� (1993) in a
vertical pipe. The present study shows that in this regime the temperature of the upper part of
the heated surface is actually less than that of the lower part, even when the bubbles of air pass
along the upper part, see ®gure 14. This interesting phenomenon was found for the inclined
tube at all liquid Froude numbers.

6 . CONCLUSIONS

In order to clarify the e�ect of pipe inclination on the two-phase heat transfer, experiments
were carried out for an air±water ¯ow at atmospheric pressure. The inclination angle of a
heated tube varied from 28 to 58.

It was found that the heat transfer in an inclined tube is, generally, drastically enhanced com-
pared to that in a horizontal one. In order to understand this phenomenon, the data on the cir-
cumferential temperature distribution in horizontal and inclined tubes was collected and
analysed. The analysis revealed the importance of the hydrodynamic phenomena for the heat
transfer. Attention was concentrated on such characteristics of the intermittent ¯ow as bubble
size, velocity, and frequency. A dependence of the local heat transfer on these parameters of the
¯ow pattern was established.

A two-phase heat transfer mechanism was proposed, based on a physical model. It was
shown that this mechanism can be related to bubble geometry and motion parameters. Two
di�erent mechanisms of heat transfer were discussed: one accounts for the heat transfer due to
replacement of the liquid layer by an elongated bubble passing along the surface; the other is
due to the additional turbulence caused by the bubbles. The analysis indicated that the heat
transfer from a horizontal tube is controlled mainly by the thermal layer formed on the wall by
an elongated air bubble. The bubble-induced turbulence a�ects mainly the heat transfer in
inclined tubes.
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